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A Two Fluid Model (TFM) using kinetic theory of granular flow has been developed
to describe an innovative process of hydrogen production in a single step. An extended
Multi-species of Solid Phase (MSP) method is proposed to simulate the gas-solid heter-
ogeneous reactions in an entrained flow gasifier, as opposed to Single-species of Solid
Phase (SSP) in previous studies. The intrinsic equations of methane steam reforming
and water-gas shift reactions are used for a good understanding of the reaction mech-
anism for high concentration of hydrogen production under higher pressure. On the
basis of the results of computing, the main feature of core-annular reaction zone is
predicted in the fully developed flow region. And the similar flame-like structure for
velocity and temperature is observed to emerge from the feed injection zone at the bot-
tom of gasifier. The model well illustrates the effects of CaO on enhancing the concen-
tration of hydrogen and sequestering CO, in the process of coal gasification. The
advantages of pressure gasification are also shown that coal conversion increases with
increasing pressure while H,S concentration and tar content decreases. Moreover,
there is a steep increase in H,S and tar species initiated from the entrance of gasifier
and then a decrease at the next section. The model shows good agreement with the
measurements of flow field and gas products concentration in laboratory-scale plants.
© 2008 American Institute of Chemical Engineers AIChE J, 54: 2833-2851, 2008
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Introduction
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Hydrogen as a clean energy source will greatly assist to
reduce greenhouse effect and globe warming. Gasification-
based systems such as Integrated Coal Gasification Combined
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Cycle (IGCC) have been believed to have the potential capa-
bility of hydrogen production for concentrating and seques-
tering CO,." More attention has been paid to the process of
hydrogen production from coal in a single step,2_4 which
combines the water gas shift reaction and reforming reactions
with gasification in one reactor. This process can also be
extended to biomass gasification and some excellent catalysts
has been developed to accelerate a process of hydrogen and
syngas production at very low temperature.””’ Although it is
an energy-efficient and environmental friendly process, the
design and optimization of reactor should be taken into
account due to the complexity of integrating multi-step into
one reactor. To understand the complicated physical and
chemical phenomena occurring inside the reactor, mathemati-
cal modeling without cost-expensive and time-consuming test
is the best learning tool.

In previous literatures, many mathematical models were
developed for entrained flow gasifiers. There are three types
of entrained flow gasifier models classified by the expression
of momentum equation:

(1) Empirical models, where flow characteristic was not
taken into account in gasifiers. Vamvuka et al.®? assumed
the two-phase flow to be one-dimensional with plug flow axi-
ally and complete radial mixing, so did Liu et al.' Fang
et al.'' divided the reactor into 80 short cylinder cells, and
further divided each cell into four annular regions along the
radial. In every annular region, gas and solid flow is assumed
to be in plug flow. This assumption ignores the phenomenon
of nonhomogeneous distribution of particles along the radial
and axial coordinates of the riser.

(2) Eulerian-Largrangian models, where the governing
gaseous fluid mechanics and reaction equations are solved in
an Eulerian framework and the particle mechanics are solved
by following representative individual particle trajectories in
a Lagrangian frame of reference. On the basis of Eulerian-
Largrangian framework, the Smoot’s group develop the com-
mercial code PCGC-2 and this code has been used to simu-
late several laboratory-scale gasifiers.'”*”'* In stead of the
Single Solid Progress Variable (SSPV), Chen et al.'>'®
extended gas mixture fraction model with the Multi Solid
Progress Variables (MSPV) to simulate the gasification reac-
tion and reactant mixing progress. Watanabe et al.!” devel-
oped an evaluation technique for design and performance
optimization of coal gasifiers and the validity of the model
was confirmed. However, in the studies aforementioned,
there are large memory requirements and long calculation
time because each particle is tracked individually.'®°

(3) Eulerian-Eulerian models, where gas phase models and
solid phase models are solved in an Eulerian framework.
Govind et al.*' used Arastoopour and Gidaspow’s>* early
hydrodynamic model to simulate an one-dimensional steady-
state entrained-bed pilot-plant gasification system. With the
development of Two Fluid Model (TFM), more detailed coal
particle processes can be described,” including particle drag
and turbulent dispersion, heat-up, volatilization, drying and
heterogeneous combustion. However, for ignoring the effect
of the solid viscosity and the solid stress, thus the main fea-
tures of the gas-solid flow pattern in the vertical pipe, such
as the core-annular flow regime,24 could not be described.

Among these three types of entrained flow gasifier models,
TFM is more convenient to obtain the mean particulate flow
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fields which can facilitate quantifiable decisions for an engi-
neering design.”>?’ Especially by means of introducing Ki-
netic Theory of Granular Flow (KTGF) into TFM, the core-
annular structure in risers (vertical pipes) verified by oil
industry can be predicted.”®*’

With significant applications of KTGF, great progresses
have been made to predict flow field of the fluidized beds in
the past decade. By analogy with the idea gas law, Gidaspow
et al. ¥ thought that there exists an equation of state for par-
ticles in dilute flow. Mathiesen et al.>' used KTGF to model
the flow pattern of different particle sizes in the riser of a cold-
flow circulating fluidized bed. Applying KTGF to gas-solid flu-
idized beds containing a mixture of two particle species, van
Wachem et al.'"®'" developed TFM to consider a binary mix-
ture of smooth, nearly elastic, spheres and to demonstrate key
features of binary mixture fluidization. Furthermore, KTGF
was also used to study the effects of particle size and density
on particle interaction and overall behavior of granular flow.>?

Although TFM using KTGF has given a reasonable flow
description of riser and CFB, it is difficult that the compli-
cated chemical reactions are introduced to simulate the gasi-
fication process. This is because complex mechanism of heat
transfer and chemical reaction need to be modeled. More
careful consideration has to be given on the solution of large
numbers of energy and species transport equations and the
nonlinear source term of complicated chemical reactions.
Until now, not much effort has been devoted to integrate
KTGF with complicated chemical reaction, especially hydro-
gen production in a single step. However, the scale-up and
optimal design of industrial reactors can not be carried out
without considering chemical reaction.

In the previous simulations of coal or biomass gasification,
the second species of solid phase, such as limestone or sand,
is ignored. This is because the second species of solid phase
has little effect on the gas products. For example, in the tra-
ditional gasifier, the function of limestone is desulphurized,
the content of sulfur is much less than that of the other spe-
cies, thus in the process of simulation, the limestone is usu-
ally neglected. Many research groups33_35 established gasifi-
cation models called Single-species of Solid Phase (SSP)
method, only including char species in solid phase. This
method can reduce the fluctuation of source term in solid
phase conservative equations. It has been justified by the fact
that prediction of the major elements of coal is not affected
by ignoring limestone.*** However, in the one-step hydro-
gen production gasifier, the composition of gases is signifi-
cantly influenced by the multi-spices in solid phase. It is nec-
essary to include the other species of solid phase in gasifica-
tion model.

In this study, the coal gasification model was developed
from Single-species of Solid Phase (SSP) method to Multi-
species of Solid Phase (MSP) method. The second species of
solid phase is CaO. It is applied not only to fix H,S but to
absorb CO,. By right of the water gas shift reaction, higher
concentration of H, is produced due to the conversion of CO
and the absorption of CO,. With the process going on, more
new species are created in the solid phase, such as Ca(OH),,
CaCQOg;, and CaS. Therefore, it is important to adopt MSP
method to describe the complicated process of hydrogen pro-
duction in coal gasifier. Compared with SSP method, more
transport equations in solid phase are used besides different

November 2008 Vol. 54, No. 11 AIChE Journal



heterogeneous reactions in MSP method. The presented
model unifies the two aspect of the one-step hydrogen pro-
duction, that is, flow field and gasification reaction. The vari-
able density and thermal conductivity are taken into account
to approximate the process of mass transfer and heat transfer
in solid phase. Predicted results are compared with the meas-
urements of flow field*® and gas products concentration*'*?
in laboratory-scale plants.

Model

A sketch of the entrained flow gasifier is shown in Figure 1.
The inner diameter of Hastelloy tube is 0.02 m, and the
height of the riser is 1.8 m. This gasifier is built as high pres-
sure flow type.41 While Coal/CaO mixture and high pressure
steam are continuously injected from the bottom, the gas and
solid reaction products are continuously removed from the
top. The operating pressure is from 0.1 to 6 MPa. After the
system pressure stabilizes, the coal/CaO mixture is injected
at a rate of 1.67 X 107> kg/s to start the reactions. The su-
perficial gas velocity is operated at the range of 0.053-3.49
m/s. The reactor temperature is maintained at 923 K. In this
gasifier, hydrogen in high yield is produced with little release
of CO, by gasification of coal with steam in the presence of
CaO as CO, sorbents. CaO is not only as accepter of CO,
and other pollutants such as H,S, but also as catalyst to
achieve reforming, gas water shift reaction and coal gasifica-
tion simultaneously in a single reactor.**** Ohtsuka et al.*’
found that the addition of calcium catalyst can also decrease
the reaction temperature and increase the gasification rate.

Coal gasification reactions

At the entrance, Char and CaO which belong to solid
phase are injected. Later in the reactor, more species in solid
phase are created such as Ca(OH),, CaCOj3 and CaS. In this
work, these species are assumed to share the same solid ve-
locity, but have their own transport equation. Consulting
with Lin et al.*® and Mondal et al.s™ suggestion, more
detailed reaction scheme for hydrogen production is
described in the gasifier models. There are five processes in
this reaction scheme, namely pyrolysis, tar cracking, char
gasification, CO,, and H,S fixation, and gas phase reactions.

Pyrolysis At the feed position, the drying process and the
devolatilization reactions take place very quickly according
to experimental results,”® so it is assumed that the pyrolytic
process of the raw coal is completed in this region. The yield
of each product is determined by the proximate analysis of
the raw coal. The sum of the mass fraction of products is
calculated to be unity in the raw coal.

Ychar + Yvolaite + Ywater + Yash = 1

Coal — Char(s) + Volatile(g) + H,O(g) + Ash(s)  (RI)

The following chemical process is pyrolysis of the released
volatile. There is no standard chemical stoichiometrically
equation for the pyrolysis of the volatile due to its complex
composition. For the sake of simplification, it was assumed
that the molecular formula of the volatile is determined by
the final pyrolysates.%f35 In the present work, the composi-
tion of volatile matter can be deduced from pyrolysis results
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Figure 1. Configuration of the entrained flow gasifier
(Lin, Harada et al. 2004).

of experiments for hydrogen production.3’41 Kinetic constants
for primary pyrolysis and tar cracking were derived from
Brown et al.'?

Volatile — v;CO, 4+ v,CO + v3H; + v4CHy4 + vsC,Hg
+ v¢CoHy 4+ v7H,S 4+ vgNH;3 + vy tar (RZ)

R, = viK,[Volatile] 2 1)

Taiheiyo coal was used as experimental material, whose
properties are listed in Table 1. Combined the proximate
analysis with the ultimate analysis, the molecular formula of
the volatile can be determined as C35H70.9107.41N1.0280_11.
The composition of tar is usually regarded as condensed-
nuclei aromatics, and Wang47 calculated its molecular weight
as 325 from the experimentation of coal pyrolysis. Thus, the
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Table 1. Material Analyses and Properties

Parameters Values
Proximate analysis (wt %)
Moisture 4.8
Volatile matter 48.8
Fixed carbon 38.8
Ash 7.6
Ultimate analysis (wt %)
Carbon 77.4
Hydrogen 6.6
Nitrogen 1.2
Oxygen 14.6
Sulfur 0.3
Others
Mean particle size (mm) 0.045
Coal Density (kg/m?) 1220
CaO Density (kg/m®) 3320
Coal/CaO ratio (wt/wt) 12
molecular formula of the tar can be reckoned as

C51.4H27.7025N0.2750.1-

Tar Cracking. The secondary pyrolysis will occur while
the tar is still in the reactor. As reported by Lin et al.*®
Ca(O/CaCOj can facilitate tar cracking, leading to H,, CHy,
and coke formation. They thought that CaO/CaCO; catalysis
primarily affects tar decomposition outside the char, rather
than the coal pyrolysis occurring inside the particles, because
the CaO/CaCOj; solid is only physically mixed, added to the
outsides of the coal particles.

tar — vioH, + v1;CH4v 2 Char(s) (R3)

R3 = viK3[Tar]"*(1 4 Yca0 + Yeaco,) 2

Heterogeneous Reactions. Gas-solid reactions are includ-
ing the processes of char gasification and gas pollutants
(CO,, H,S) fixation. The different reaction mechanisms are
taken into account. Combining diffusion effect with kinetic
model is the main solution to handle heterogeneous reactions.
For example, the unreacted core model with diffusion resist-
ance was used in the literatures of Souza-Santos and
Chejne.‘w’3 8 In Eaton and Smoot’s review,”’ char oxidation
model based on measured intrinsic char kinetic rates and a
pore diffusion model was presented by Reade et al.”’ To
account for the simultaneous effects of the different resistan-
ces (diffusion through the gas film, surrounding the particle,
and intrinsic chemical kinetics), Di Blasi®® assumed a linear
dependency on the oxidizing/gasifying species concentration
to propose char gasification models.

In this study, char and CaO particles were assumed as
spherical particles surrounded by a stagnant boundary layer
through which gas species must diffuse before they react with
the char or CaO. The overall reaction rate of a particle is
determined by the diffusion of gases and the kinetic reactions.

The char gasification reactions are as following and their
kinetic constants are derived from Neogi et al.*®

C+H,0 - CO+H, (R4)
C +CO, — 2CO (R5)
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C+Hy; — CHy (R6)

The gas pollutants (CO, and H,S) fixations are

Ca0 + H,0 — Ca(OH), (R7)
CaO + CO, — CaCO; (R8)
Ca(OH), 4+ CO, — CaCO; + H,0 (R9)

CaO + H,S — CaS + H,0 (R10)

The units of the corresponding kinetic constants should be
changed as same as that of the char gasification.

K = Kids 3)

where, K,, is kinetic rate constant, K; are kinetic rate con-
stants of R7-R10 in the references, and d is the average par-
ticle diameter of Char and CaO.

The diffusion rate constants can be derived from the defi-
nition of Sherwood number

ShDgSWSj

RTd, @

Kpir =

where, Kpif, Sh, Dy, W), R and T are diffusion rate con-
stant, Sherwood number, Mass diffusion coefficient, molecu-
lar weight of solid phase, the universal gas constant and tem-
perature of solid phase, respectively. Breault’' provided a
critical review to guide the selection of the best Sherwood
number correlation in circulating fluidized bed reactors. In
this study, the effect of phase volume fraction is neglected to
avoid computational difficulty. The Sherwood number is
written as

Sh=12.0+ 0.552Re'/*Pr!/? )

where, Re and Pr are Reynolds number and Prandtl number,
respectively.

The heterogeneous reaction rate is obtained as a mixture
of kinetic and diffusion controlled mass transfer rate, which
came from unreacted-core model.>>!

61, -1

Rs,g = njd_g {(KDif)_l + (KAr)_l} Cg,,' (6)

This model only deals with one solid species such as Char in
Colomba’s work.** In this work, many solid species such as
Ca0O, Ca(OH),, CaCO3 and CaS are included. It is assumed
that these solid species compose the whole solid phase and
they share solid volume fraction and particle diameter. The
heterogeneous reaction rate of each solid species is given by
multiplying its molar fraction.

61

- 177! Ys.' Ws
Rs,g = WJI |:(KDif) 1 + (KAr) li| Cg,i [#]

S Yo/ Wy
6.1)

where, #;, r, C and Y are the effectiveness factor, volume
fraction, concentration and mass fraction, respectively. In
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addition, the decomposition temperature of Ca(OH), is 853
K. For R7, it should be limited at this temperature, this is, if
the temperature of Ca(OH), is higher than 853 K, reaction
rate is zero.

Homogeneous Reactions. After pyrolysis of volatile, tar
cracking and char gasification, the reactive gas species are
produced. These gas species can be continuing to react with
each other. The main reactions can be summarized as water-
gas shift and methane steam reforming, which are reversible
reactions. For in situ CO, removal utilizing the CaO carbona-
tion, it is of great advantage to change these processes in the
direction of hydrogen production. Lee et al.>? carried out a
mathematical model and reaction experiment to describe the
processes of the CaO carbonation enhanced reforming and
shift reactions. The intrinsic rate equations of Lee’s model
came from Xu and Froment’s literature.’®> Many improve-
ments have been developed to be good match in other reac-
tion conditions.>*® Here, calcium catalyst was applied into
the reforming and shift reaction system, instead of a Ni/
MgAlL, O, catalyst. Its catalytic activity is lower than that of
Ni/MgAl,O, catalyst. Thus, the modified intrinsic equations
should be calculated to describe the reforming and shift reac-
tion at low rate.

CH4 + H,O « CO + 3H, (R11)
CO + H,O «+ CO, + H, (R12)
CHy4 + 2H,0 < CO,4H, (R13)
. Ky P;ZPCO
M117ePCa0 a3 | PCHIPH0 — 7,
Ry = : 3 (N
(DEN)
ﬂlzrgPCaofT'; [pCOszo - pl{f(%]
Rip = 3 ®)
(DEN)
PP
’713rg/’Casz_]§ [pCH4P12120 - H}(foz]
_ Hy 13
Rz = 3 9
(DEN)
KHzOszO
DEN = I + Kcopco + Ku,pn, + Kcn,pcn, + e
2
(10)

where, p,(i = CHy, H,0, H,, CO, CO,) is the partial pressure
of species i. K;(i = CO, H,, CHy, H,0O) is adsorption con-
stant. K11, K2, K3 are rate coefficient of reaction. K~ is the
equilibrium constant. p is the density.

The Arrhenius coefficients related to the R2-R13 are listed
in Table 2.

Gas-Solid Governing Equations. The KTGF developed
by Neri** and Tartan*® was applied to simulate flow of FCC
particles in the IIT riser. The fully developed core annular
structure can be observed in the simulation of their works. In
this study, their models are further developed to consider the
effect of heat transfer and chemical reaction. Source terms
have been added to the instantaneous governing equations of
mass and momentum. This is because gas-solid reactions
lead to interphase transfer.
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The continuity equations for gas and solid phases are
given by

0
a (rgpg) +V- ("gpgug) = Ss,g (1D
0
E (I”Sps) +V- (rgps“s) = Sg,s (12)

where, r, p and u are the volume fraction, the density ,and
the velocity, respectively. S on the right hand is the source
term and set to zero only in flow field such as Neri and Tar-
tan’s work.”*** When the governing equations are used in
heterogeneous reaction, there are mass, momentum, and heat
transfer between gas phase and solid phase. In the present
work, coal reacting with steam, hydrogen and carbon dioxide
changes solid phase into gas phase. Steam and carbon diox-
ide reacting with calcium oxide change gas phase into solid
phase. Thus, mass source for the phases yield

Ss.e = Rsg (Z Vfwf - Z “/iwlr) = Sgs 13)

For the gas phase density, a mixture of ideal gas was
assumed

p
Py = TZ:I:IMLI, (14)

where, p, T, Y; and w; are gas pressure, gas mixture mean
temperature, mass fraction and the molecular weight for ev-
ery species respectively.

The solid phase density is defined as the mixture density
for each species in solid phase

s)

The momentum equation for gas and solid phase can be
written as

0
ot (repgtts) + V- (repyttgity) =
—1g VP — Dy (ug — Ms) + (V : rgfg) Frepeg +Swsg  (16)

d
5(’”5,05145) +V- (rspsusus) =

—1,VP — pg Oy (us - ug) + (V- retg) +rspg + Smes  (17)

On the righthand side of Egs. 6 and 7, the terms Sy, and
Sms,e describe interphase momentum transfer. They can be
assumed that the reactants mix (conserving momentum) and
the products take momentum in the ratio of the rate of their
formation.

SMs,g = Rs,g (Z V,pwlpunet - Z V:Wiul) = _SMg,s (18)
The net velocity u,., is written as
Vwl u
ot — 2 it
VALY

In addition, @, is the drag coefficient between the gas phase
and solid phase, and g is gravity.

19)
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Table 2. Arrhenius Coefficients Related to the R2-R13

Reaction Kinetic Reference

R2 K, = 3.7 X 10° exp[—25018/T,] /s Brown et al.'?

R3 K3 = 1.46 X 10° exp[—40052/T,]/s Brown et al."?

R4 Ky = 8.33 X 1072 exp[—14603.92/T,Jm/s Neogi et al.*®

R5 Ks = 5.56 X 10° exp[—43308.28/T,Jm/s Neogi et al.*®

R6 K¢ = 0.208 exp[—27697 /T Jm/s Neogi et al.*®

R7 K7 = 1.78 X 10% exp[—5256.19/T4] /s Chen et al.®!

R8 Kg = 1.72 X 102 exp[—8684.15/T,] /s Lee et al.”

R9 Ko = 1.72 X 10% exp[—8684.15/T,] /s Estimated as in Lee et al.”
R10 Ko = 1.50 X 10* exp[—25542/T]/s Zhong et al.%®
R11 Ki1 = 1.174X10'2 exp[—28879 /T, |kmol/ (kg cat pa s) Xu and Froment™

Ki; =471 X 102 exp[—26942.51 /T, ]pa> Xu and Froment™
R12 K1, = 543.06 exp[—8074.3 /T, |kmol/ (kg cat Pa s) Xu and Froment™
Kj, = 1.142 X 1072 exp[—4486.41/T,] Xu and Froment™
RI13 Ki3 = 2.83 X 10" exp[—29336/T,]kmol/(kg cat Pa s) Xu and Froment™
Ki; = Kj, X K;,Pa? Xu and Froment™
Kcn, = 0.179exp [zskﬂ (]T — 8]7]} Pa~! Xu and Froment™
Kino = 0.4152exp| 500 (1 - (L] Xu and Froment™
Kco = 40.91 exp [70},@ [% — ﬁ]] Pa~! Xu and Froment™>
Ky, = 0.0296 exp {Rzgfm [% - ﬁ]] Pa™! Xu and Froment™
The gas-solid drag was specified for different solid con- The stress tensor 7, is given by
centration.”* If re < 0.8, the well-known Ergun equation is )
. T . . T
suitable for describing the dense regime. Tg = ug(Vug + Vug) — gugv.ug (24)

sl — ug And the solid stress tensor 1 is given by
pg | g 5| (20)

S

1 —re)rs
0 — 150 fzz ey 175
r 2
g e [ZS — g,usJ Vus + pug(Vus + Vuf) (25)

If ry > 0.8, the drag coefficient was given based on the work

by Wen and Yu In the equation above, /¢ is bulk viscosity, which can be
obtained as follow

3 Uy — U
(Dgs _ ch ‘ g y S| rg2.65 (21) A @ "
S
Ay = grspsdng(l - (3) [_S] (26)
where, n

24 And the equation of the solid shear viscosity u is
= (140.15Re" 7Y Re < 1000

Cy={ Re (22) 4 5
0.44 Re > 1000 e = grszpsdsgo(l +e)/—
s
g — 1s|rgpods 10p,ds/7® 4 ?
Re=——""5— 23 Pt hh S ) [T 1 27
. e3) s s L1 0] )
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The solid pressure pg is defined in analogy with pg and
consists of a collision and a kinetic term

ps = rspsOs + 2(1 + e)rszgops®s (28)

where, © is granular temperature; e is the coefficient of res-
titution for particle collisions; go is the radial distribution
function.

For the radial distribution function of solid phase, gq is

expressed as
- 137!
go—[—[ : ] ] (29)
I's, max

The granular temperature @ is a pseudo-temperature which
can be defined as

3 )
5@)5 =—(uu,) (30)

s7S

N =

where, u/ is the fluctuating velocity of the particles and can
be derived from

R 31

where, U is the instantaneous velocity of the particles. The
solid mean velocity ug is defined as

us = (U,) = % / U, fdU, (32)

where, f, n are single-particle velocity distribution function
and particle number density respectively.

The details can be found from Ding and Gidaspow’s
work,” where the derivation of the granular temperature
transport equation has been reported.

Granular temperature transport equation for the solid®

3[0
5 |:5[ (rsps®s) +V. (’Spg@sus)] -

— (P +7,) : Vi, + V- (kVO,) — 7 — 30,0, (33)
The diffusion coefficient for granular energy ks is given by

_ 150p,d/O;n
384(1 + C)g()

S

2
1 +5rsg0(1 + ):|

O,

+20,%dgo(1 )y (34)

The dissipation of fluctuating energy due to inelastic colli-
sion takes the form

7 =3(1 = &)rlp.digo®; in [\/g] —Vus} 39)

Gas phase is assumed as a mixture of 12 species, represented
by their mass fraction as follows: Volatile, CO,, H,O, CO,
H,, CHy, C,Hy, CoHg, H,S, NH3, Tar, and N,. Solid phase
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includes six species, this is, Char, CaO, CaCO;, Ca(OH),,
CaS, and Ash. The conservation equations for these chemical
species can be represented but the N, for gas phase and Ash
for solid phase, which are computed from the fact that the
sum of all mass fractions is equal to one in the gas phase
and solid phase, respectively.

-V rg-lg,i + rgwg,,-Rgﬁ,- + Ss,g
(36)

0
o (pere¥ei) + V(pgreteYei) =

d
a. ps"sYs,i) + V(psrsusYs_,,‘) =

Bt( -V rsjs,i + rsWs.,iRs.,i + Sg,s

37
where, J,; and Jg; are the diffusion flux of species i in gas
phase and solid phase, respectively. R,; and R;; are the net

rate of production of homogeneous species i and S, and S,
are the heterogeneous reaction rate.

Sse =Rog (D7 =D 9w]) = =Ses G®)

In the species transport equations of gas phase and solid
phase, mass diffusion coefficients are used to calculate the
diffusion flux of chemical species using the Fick’s law

Joi = —pgDg;iV - Yy, (39
Jsi=—pDs;V - Y (40)

where the diffusion coefficient of the mixture for gas, D, ; is
calculated from the binary mass diffusion coefficient D;; as
follow

1-X

X
DD

Dy = (41)

And the diffusion coefficient of the mixture for solid, Dy is
assumed as constant 2.88 X 1075, which is like gas due to
the fact that particle fluidization has fluid properties. The
value of Dy, is also in the range of Yang’s data.®”

The energy transport equations are solved for the specific
enthalpy of gas phase and solid phase, which take the form:

g (v Tepgl ) V- ('gpg”gHg) = V(rg2gVT,) + Qg + Shisg
(42)
1o}
By (ropHs) + YV - (repgusHs) = V (rs0sVTs) + Qg s + Shg,s
(43)

where, H, «, Q are the specific enthalpy, the mixture thermal
conductivity and the intensity of heat exchange between the
gas and solid phases, respectively. The source terms for gas
and solid are the heat transfer due to heterogeneous reactions
leading to transformation from one phase to another.

SHSA,g = Rs,g (Z Vfwanet - Z V, rH) SHgA,s (44)
The net enthalpy of the reactants H,, is given by
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2. ViwiH]
Hpee = Z "/;W; (45)
The specific enthalpy is defined by
n
H=> YH, (46)
i=1

where, H; is the enthalpy for each chemical species in the
mixture and considers both thermal and chemical enthalpy:

T
H; = / CpidT + AH;; 47)

To

where, the term Ty, Cp; and AHy; are the reference tempera-
ture, the heat capacity at constant pressure for the ith species,
and the enthalpy of formation for the ith species in the stand-
ard state.

For the ideal gas, the mixture thermal conductivity is com-
puted as

. X0

oy = . L
; 2ini it

(48)

where, qb,j = , and X; is the molar fraction

of the ith species.

Thermal conductivity of the solid is given by
n
o = Z Yo 49)
=

The heat exchange between phases can be expressed as a
function of the temperature difference and conform to the
local balance condition Qgs = —Qg,.

Qgs = hgs (Tg - Ts) (50)

where, hys is the heat transfer coefficient between the gas
phase and the solid phase, and expressed in terms of a no-
dimensional Nusselt number

Nu-og-As  6rg-Nu- oy
hgs = ds = dg

(5D

The Nusselt number was proposed as the following empirical
correlation by Gunn.®!

Nu = (7— 107y + 57) [1 + 0'7Re02p,.'/3)

+ (133 -24r,+1.277) (RPI)(52)

where, the continuous phase Prandtl number is defined by

c
pr=teore 53)
Og
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Numerical considerations

A kinetic theory-based TFM was validated by the experi-
mental data and simulation results reported by Neri** and Tar-
tan.** The IIT risers in their experimentation and simulation
are fed at the nozzle on the bottom part of the reactor. Tartan
replaced Neri’s U-type outlet with a splash plate to avoid the
nonsymmetrical behavior. In this study, Tartan’s riser was
numerically simulated to get a comparison with experimental
data. Using the same method, the simulation of Lin’s gasifier
was also carried out. In Lin’s gasifier, the outflow of entrained
flow gasifier is in vertical upward, and the symmetrical struc-
ture of the flow field can be observed. Two-dimensional axi-
symmetric form of governing equations has been applied for
the description of the entrained flow gasifier. Figure 2 shows

l???i'-?:'- . —
Gas and Solid Inlet Gas and Solid Inlet
(a) (b)

Figure 2. Tartan’s riser geometry (a) and Lin’s entrained
flow gasifier geometry (b).
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Table 3. Simulation Conditions and System Properties for
Tartan’s Riser

Riser diameter 7.62 cm
Riser inlet diameter 4.23 cm
Riser height 699 cm
Particle size 530 um
Particle density 2.46 g/em®
Restitution coefficient (e) 0.98

Wall restitution coefficient (e,) 0.6
Specularity coefficient 0.6

Solid mass flux 1.42 g/cm2 S
Gas superficial velocity 490 cm/s
Grid size 0.423 X 1.50 cm®
Grid number 11(radial) X 466(axial)
Time step 5% 1077

the sketches of Tartan’s riser geometry®® and Lin’s entrained
flow gasiﬁer41 in the simulation. Table 3 gives the simulation
conditions and system properties for Tartan’s riser, which can
be applied into Lin’s entrained flow gasifier too. Table 4
shows the operating conditions and experimental results for
Lin’s entrained flow gasifier. The no-slip wall boundary condi-
tion is used for the gas phase while the solid phase is in John-
son and Jackson boundary condition, which is partial-slip.

u - _ 6/"5’45,max @l (54)
S, W \/gnwpsrsg()\/@ on wall
0, = [KSG)] 00| | Vinpprugy @)t o
" Tw an wall 6rs,maxyw
3n(1 — €2)rp,0 @y
VW\/_TC( ew)’Spng w (56)

4rs.max

The entrained flow gasifier model has been calculated using
FLUENT (v.6.2.16). The present submodels were added via
a User C Language interface. In FLUENT, the Phase
Coupled SIMPLE (PC-SIMPLE) algorithm is available to
solve velocity-pressure coupled differential equations. It gen-
erally will yield more accurate results by choosing the sec-
ond-order discretization. Here the QUICK scheme is used.
When the governing equations are discretized into algebraic

equations, it can be solved numerically. To decrease the
impact of the strong nonlinear characteristic of the model
and ensure the good convergence and acceptable computa-
tional time, the Selective Algebraic Multigrid (SAMG) solver
is used to solve the multiphase granular flow equations. The
details on QUICK scheme and SAMG can be obtained from
FLUENT user’s Guide. In these equations, a tight conver-
gence tolerance on the pressure equation can be used to
avoid volume imbalance errors in the volume fraction equa-
tions. The convergence criteria require that the scaled resid-
uals decrease to 10> for continuity, momentum and granular
temperature transport equations, while 10~° for energy and
species equations.

Results and Discussion
Flow field model comparison with experiments

The gas-solid flow model with kinetic theory was validated
by the solid velocity, volume fraction, granular temperature,
and solid viscosity. These experimental results were obtained
in the IIT riser reported by Tartan et al.** In the experiments,
Particle Image Velocimetry (PIV) was used to measure the
axial, radial, and tangential velocities of the particles in the
vertical pipes.

Figure 3 shows the radial distribution of the axial particle
velocity at the height of 4.2 m. The experimental data were
measured with a probe inserted from both side. Tartan
et al.* presented flow model both in analytic and numerical
solution to achieve the similar trend to the experimental data.
Adopted this flow model, the calculated values are also
obtained in good agreement with experimental values. The
typical solid velocity profile is found in the computation, this
is, the particle phase is in a core-annular type of flow.”
Figure 4 is a comparison of calculated radial distribution of
the particle concentration with experimental and simulated
data of Tartan et al. It can be seen that the calculated value
of solid volume fraction is slightly higher than that of the
reported data. This is because the particle velocity has an
adverse relationship with the solid fraction.

Figure 5 shows a comparison of the measured granular
temperature to the numerical simulation. The granular tem-
perature is proportional to the kinetic energy of the particles’

Table 4. Operating Conditions and Experimental Results for Lin’s Entrained Flow Gasifier

No. 1 2 3 4 5
Total Pressure (MPa) 0.1 1.0 3.0 5.0 6.0
Coal/CaO mixture feed (10_3 kg/s) 0.0167 0.0167 0.0167 0.0167 0.0167
Water supply 1073 kg/s) 0.153 0.151 0.145 0.133 0.128
N, supply [1072 m*(STP)/s] 0.13 0.13 0.13 0.13 0.13
Steam pressure (MPa) 0.06 0.6 1.7 2.8 32
Gas superficial velocity (m/s, 923 K) 3.49 0.35 0.12 0.064 0.053
Solid temperature at entrance (K) 300 300 300 300 300
Gas temperature at entrance (K) 868 868 868 868 868
Gas temperature of reactor (K) 923 923 923 923 923
Gas and solid temperature at exit (K) 803 803 803 803 803
Exp. result
H, (%) 37 58 71 76 77
CH4 (%) 27 23 21 17 16
C,Hg (%) 5 4 3 3 3
C,oHy (%) 4 3 2 2 2
CO (%) 15 7 1 0 0
CO, (%) 12 5 2 2 2
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Figure 3. Calculated radial distribution of the axial par-
ticle velocity versus experimental and simu-
lated data of Tartan et al. (Tartan and Gidas-
pow 2004).

random motion. It can be calculated from transport equation
to predict the solid viscosity and the solid stress. Therefore,
to obtain the precise prediction of particles motion, it is very
important to validate the kinetic theory of gas-solid flow
model by the measurement of granular temperature in the flu-
idized bed. The comparison between the computed and the
experimental granular temperature is in reasonably good
agreement. Moreover, the calculated value of solid viscosity
compared with that of the experimentation and simulation of
Tartan et al. is shown in Figure 6.

In view of the important influence of reaction pressure on
enhancing coal conversion, maximizing H, output and CO,
removal, the gas-solid flow characteristics is further validated
at elevated operating pressures. The experimental data in this
study were selected from the literature reported by Louge

2 . . S .
et al.%? Table 5 lists the experimental conditions of Circulat-
0,030
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Figure 4. Calculated radial distribution of the particle
concentration versus experimental and simu-
lated data of Tartan et al. (Tartan and Gidas-
pow 2004).
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Figure 5. Calculated radial distribution of the granular
temperature versus experimental and simu-
lated data of Tartan et al. (Tartan and Gidas-
pow 2004).

ing Fluidized Bed (CFB) at the different operating pressures.
The experimental CFBs are called Atmospheric Circulating
Fluidized Bed (ACFB) and Pressurized Circulating Fluidized
Bed (PCFB) respectively. Dimension analysis is employed to
deal with the experimental data, so does the calculated data.
As shown in Figure 7A, the elevation is shown as a fraction
of riser height, zY= z/H, and the static pressure relative to
the riser top is made dimensionless as p* = (p — Diop)! Ps
gD. The symbols in this figure represent the experimental
points and the lines are the simulation resulting from the
flow model. Comparisons between the static pressure profile
of ACFB and PCFB suggest a smaller pressure gradient at
the elevated operating pressure. A good agreement is
observed between the flow model and the experimental work.
It indicates that the flow model can be used to predict the
gas-solid flow characteristics at elevated operating pressures.

0.7
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®  Experiment
. 4 Tartan et al. solution
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Figure 6. Calculated radial distribution of the solid vis-
cosity versus experimental and simulated
data of Tartan et al. (Tartan and Gidaspow
2004).
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Table 5. Experimental Conditions

Type ACFB PCFB
Gas density (kg/m®) 0.3 2.39
Gas viscosity [kg/(m s)] 1.94 X 1073 177 X 1073
Particle density (kg/m?) 1440 1440
Equivalent diameter (m) 1.62 x 1074 1.5 x 1074
Operating parameters Fr = 130 Fr = 130

M/R = 0.0033 M/R = 0.0033

Pressure (atm) 1 8.15
Bed height (m) 7 7
Bed diameter (m) 0.2 0.2

Figure 7B shows a prediction of the static pressure changes
along the bed height in Lin’s entrained flow gasifier at the
different operating pressures. It can be noted that the static
pressure has a linear dependency on the bed height at the
atmospheric condition. This is because the solid load is very
dilute in the gasifier. While the operating pressure is varied
from 0.1 to 6 MPa, the same trend of the static pressure
changes with bed height can be observed as the Figure 7A.

Gasification model comparison with experiments

After Coal/CaO powder mixture had been fed into the
Lin’s entrained flow gasifier to react with steam at the tem-
perature of 923 K and the different operating pressures, the
concentrations of H,, CH,4, C,Hy4, C,Hg, CO, and CO, in the
gas phase were continuously measured by micro-gas chroma-
tography at the sampling port on the top of gasifier. The
measured amount of gas composition increased with increas-
ing reaction time at the initial stage. About 20 min later, gas
concentrations were stable. When the operation was in
steady, these gas samplings were calculated based on gas
products except H,O and N,.*' The gasification model is
validated by these gas samplings with Taiheiyo coal at five
different operating pressures. The simulated outlet molar
fraction of gas composition can be compared with experi-
mental data by the following form of area average.

- 1
Xi _Z/XidA (57)

Figure 8 shows comparison of the model results with the ex-
perimental data in Lin’s work. One-step hydrogen production
is an incredibly complex chemical system. It is impossible to
simulate this process in a general reaction mechanism. Only
simplified reaction models can be used to describe the gasifi-
cation process. Here, the Arrhenius coefficients of heteroge-
neous reactions came from atmospheric experiments®’3
and the homogeneous reaction schemes were developed with
the temperature range of 675-1000 K and the pressure range
of 3-10 bar by Xu and Froment.”® Although intrinsic rate
equations might be included in their reaction models, predic-
tion from extrapolation still has little accuracy if the reaction
models are not further corrected in the practical experimental
conditions. Therefore, adjustments were made on the kinetic
parameters to fit the simulated results to the experimental
observations by Neogi et al.’® Effectiveness factors were
adjusted to simulate steam reforming reactions and water-gas
shift reaction reported by de Groot and Froment.®* In this
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study, adjusted frequency factors and effectiveness factors
are used to improve the simulated results. The adjusted fre-
quency factors for the heterogeneous reactions listed in Table
2 should keep the reaction models fit roughly the closeness
of the experimental results. The effectiveness factor accounts
for the pore resistance in the pellet. Due to complicated pel-
let structure at the different operating pressures in Lin’s gas-
ifier, the values of effectiveness factors have to be estimated.
These can compensate the discrepancy between the model
and experimental data. The estimated effectiveness factors 7
are not only taken into account the diffusion resistance, but
the Char and CaO reactivity and other external factors. The
values of 7 listed in Table 6 vary over a range of 0-1. As
shown in Table 6, the estimated effectiveness factor of Char
is assigned a smaller value at the elevated pressures. On the
contrary, the effectiveness factors used in the gas pollutants
(CO, and H,S) fixations and the homogeneous reactions are
given larger values at the elevated pressures. This is because
the reaction rate equations were obtained from the different
experimental conditions. The Char gasification rates derived

—o— ACFB calculation

®  ACKB experiment
PCFB caleulation
v PCFB experiment
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Figure 7. Static pressure profile along the bed height
in dimensionless at different operating pres-
sures(A) prediction and experiment (B) pre-
diction of Lin’s gasifier.
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Figure 8. Comparisons of predictions and experimental data at different operating pressures.

gas reactant concentration in the gasification model. The cal-
culated values would be much higher than experimental data

from atmospheric experiments are significantly affected by
at the elevated pressures if they were not corrected. There-

Table 6. Estimated Effectiveness Factors

N M2 M3
0.02
0.03
0.07

0.07
0.07

Nca0/Ca(OH)2

Nchar

Case

0.01
0.02
0.06
0.06
0.06

0.02
0.08

0.7

0.1

0.8

0.1 MPa
1 MPa

fore, a smaller value of the estimated effectiveness factor is
set at the higher operating pressure. However, more CO,

0.2

0.5

0.7

0.2

3 MPa

0.7

0.2

5 MPa

should be fixed at the higher operating pressure. To avoid

smaller calculated results, the larger effectiveness factors are

0.7

0.7

0.2

6 MPa
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Figure 9. Effect of operating pressure on total gas
mass flow rate.

set in the gas pollutants (CO, and H,S) fixations at the
higher operating pressure. The high concentration of Hydro-
gen mainly depends on synergistic effects of water-gas shift
reaction and CO, absorption at the elevated pressure. This is
because water-gas shift reaction is not pressure dependent
and methane steam reforming reactions is favored by low
pressure.* Therefore, the corresponding effectiveness factors
are set in the homogeneous reactions according to the contri-
bution for Hydrogen production. The values of the effective-
ness factors at the operating pressure of 3—-6 MPa are derived
from the literature.°* As shown in Figure 8, the exceptionally
good agreements are observed at elevated pressures. This is
because the homogeneous reaction schemes (R11-R13) were
obtained at these pressure ranges. However, such good agree-
ments are obtained at the expense of the discrepancy in total
gas mass flow rate. The values of calculated gas products are
greater than the measured values at the elevated operating
pressures due to overestimation on Char gasification reac-
tions. This significant discrepancy between the calculated
values and the experimental data at elevated pressures is
shown in Figure 9. The measured data of total gas mass flow
rate came from Lin’s experiments.41 The gases include H,,
CH4, C,Hg, C,H,, CO, and CO,. But it can be noted that the
calculated values are of the same order of magnitude as the
experimental data and they have the same trend with increas-
ing operating pressure. Especially at the atmospheric condi-
tions, the total gas mass flow rate is in accord with each
other. This is because the kinetic parameters of Char gasifi-
cation reactions came from atmospheric experiments. It indi-
cates that the reaction parameters selected from the different
experimental conditions should be corrected to fit the
requirement of the innovative process. It can be concluded
that CO, absorption is a key process to push water-gas shift
reaction forward and higher concentration of Hydrogen is
favored in this synergistic process.

Figure 10 shows the prediction of coal conversion profile
along the reactor height at the different operating pressures.
The prediction of coal conversion has been corrected by the
Lin’s experiments.42 In the Lin’s experiments, the coal resid-
uals were sampled from the inside of gasifier after the
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experiment had been finished in steady at the operating pres-
sure of 5.0 MPa and temperature of 923 K. The coal sam-
pling was analyzed by the Thermogravimetric Analysis
(TGA), and the measured coal conversion was 81%. Accord-
ing to this experimental datum, the adjusted frequency fac-
tors and effectiveness factors, as was mentioned earlier, are
also taken into account to improve the simulation. As shown
in Figure 10, the calculated coal conversions increase from
the bottom to the top of the gasifier. At the operating pres-
sures of 0.1 MPa and 1 MPa, the slight changes of coal con-
version along the reactor height can be observed. As the
operating pressure varies from 1.0 to 3.0 MPa, a substantial
increase of coal conversion occurs at the height range of
0.4-1.0 m. It can be concluded that the gasification rate is
significantly accelerated by progressively higher pressure and
the coal conversion increases by increasing the operating
pressure. The significant influence of pressure on the coal
conversion reported by Liu and Niksa® is another evidence
for this trend.

Prediction of entrained flow coal gasifier

Core-annular structure is one of the main features of the
gas-solid flow pattern in the vertical pipe. It was even
observed in the risers of oil industry by using gamma ray
techniques: the core is very dilute. Two main problems occur
in the operation: (1) inefficient gas-solids contacts, (2) back
mixing due to nonuniform radial distributions.** Figure 11
visualizes the effect of core-annular flow regime on the het-
erogeneous reaction-Char and H,O. Figure 11A shows the
solid volume fraction of Tartan’s riser, and Figure 11B
shows the solid volume fraction of Lin’s riser. The Char-
H,O reaction rate of Lin’s riser is shown in Figure 11C.
There are slight difference between the contour of Figure
11A and that of Figure 11B. The main difference is that the
core diameter of Tartan’s riser is greater than that of Lin’s
gasifier. It is probably due to their different particulate sizes.
According to Geldart classification, Geldart B particles were
used in Tartan’s riser, and Geldart A particles were used in
Lin’s gasifier. Gidaspow®® presented an approximate analyti-
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Figure 10. Prediction of coal conversion profile along
the reactor height at different operating
pressures.
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Figure 11. Core-annular flow regime (A) solid volume fraction of Tartan’s riser; (B) solid volume fraction of Lin’s
gasifier; (C) Char-H20 reaction rate of Lin’s gasifier.
[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]

cal expression for the maximum carrying capacity of Geldart
A, B, and C particles. The expression suggests that for a
given gas velocity, the granular temperature should be the
highest for Geldart A particles, this means that particles col-
lision is the most intensive for Geldart A particles. Collided
with the wall, Geldart A particles are forced near to the core.
Besides the effect of particles collision, the solid feed rate of
Lin’s gasifier is also lower than that of Tartan’s riser. There-
fore, the solid loading in Lin’s gasifier is lower and the core
diameter is smaller. Because of the effect of core-annular
flow structure, the heterogeneous reaction rate is higher in
annular dense solid phase and lower in core dilute solid
phase.

Figure 12 visualizes the relationship between velocity and
temperature at the Lin’s gasifier entrance. Figure 12A shows
the contour of gas velocity. When the gasifying agent is
injected into the gasifier from the bottom at high speed, they
are subject to great resistances such as gravity and solid drag
and the gas velocity rapidly decreases. Gradually this jet
flow goes in steady. Then the contour of gas velocity looks
like a flame shape. The similar shapes are shown in Figures
12B-D for the contours of gas temperature, solid velocity
and solid temperature respectively. In the entrance, the gas
temperature of 868 K is much higher than the solid tempera-
ture of 300 K. Therefore, the gas temperature abruptly
decreases first, then increases from the bottom to the top of
gasifier due to exothermic heating of CaO hydrate reaction
and external heating, while the solid temperature substan-
tially increases due to gas-solid heat transfer.
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Figure 13A shows axial gas temperature profile at the dif-
ferent operating pressures and Figure 13B shows axial gas
temperature profile at the different radial positions. When the
gasifying agent is feed into the reactor at the bottom, an
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Figure 12. Relationship between velocity and tempera-
ture at the entrance (A) gas velocity (B) gas
temperature (C) solid velocity (D) solid tem-
perature.
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Figure 13. Axial distribution of gas temperature at dif-
ferent operating pressures (A) and different
radial positions (B).

abruptly decrease in gas temperature is observed in the axial
distribution of gas temperature due to the endothermic vola-
tile (pyrolysis) and coal particles (low temperature). Then the
heat from CaO exothermic reaction and external furnace
forces the gasifying agent to rise its temperature close to 923
K. As shown in Figure 13A, the gas temperature is reduced
with an increase in the system pressure at temperature-rise
period. This is attributed to the enhanced endothermic char
gasification reactions. However, this trend is not apparent.
This is because rapid heats transfer occurs in small bed di-
ameter and CaO exothermic reaction is enhanced by the
increasing operating pressure. The heat from CaO exothermic
reaction and external furnace can compensate the loss of the
enhanced endothermic heat right away. Moreover, as can be
seen from 13(B), the gas temperature is lower in the centre
of pipe than near wall. It indicates that the overall reaction
of single-step hydrogen production is endothermic and a little
external heat need to be supplied.

Figure 14 shows concentration profile of gas composition
along the reactor height at the different operating pressures.
At the operating pressure of 0.1 MPa, CO, is not absorbed
well by CaO and Ca(OH),. The effect of gas-water shift
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reaction is not significant. Therefore, the yield of H, is rela-
tively low.*! With an increase in the operating pressure, CO,
absorption by CaO and Ca(OH), is improved. As shown in
Figure 14, the concentration of CO, slightly increases first,
and then decreases along the reactor height at the operating
pressures of 1 and 3 MPa while at the operating pressures of
5 and 6 MPa, CO, is absorbed by CaO and Ca(OH), as soon
as it is created. The concentration of CO is affected by gas-
water shift reaction and decreases approximately to zero at
the elevated operating pressure. Because of the synergistic
effects of CO, absorption and gas-water shift reaction, higher
concentration of clean hydrogen is produced. Although, CaO
is also consumed by H,S, it has no influence on CO, capture
and H, production due to excessive CaO supplied in the one-
step hydrogen production gasifier. The results of reaction of
CaO with H,S in R10 are shown in Figure 15. It can be seen
that the sulfidation of CaO increases with increasing operat-
ing pressure. In this study, H,S partial pressure is propor-
tional to operating pressure. The same trend is reported by
Chauk et al.®® However, the sulfidation conversion doesn’t
take into account CaO sorbent morphological alterations,
such as reduction in surface area and pore volume, the effect
of total pressure might not be fully predicted.

Figure 16 shows the concentration profile of solid compo-
sition along the reactor height at the different operating pres-
sures. In the experiment of single-step hydrogen production,
Lin et al.** drew a conclusion that the reaction rates decrease
in the order CaO hydration > coal pyrolysis > CO, absorp-
tion by CaO or Ca(OH),. The thermodynamic analysis results
for the explanation of the experimental behaviors illustrated
that CaO is first converted into Ca(OH), at the reactor en-
trance. Then Ca(OH), is transformed into CaCO; by CO,
absorption, where CO, is generated by coal gasification.
These experimental phenomena can be demonstrated in
Figure 16. The concentration of Ca(OH), increases abruptly,
then has a steep decrease along the reactor height while the
concentration of CaO decreases steeply, then gradually
increases correspondingly. The rapid drop of the Ca(OH),
mass fraction is caused by Ca(OH), decomposition at higher
temperature of 853 K and CO, absorption. However, CaCO;
can’t be decomposed at the reactor temperature of 923 K due
to its higher decomposition temperature. Therefore, CaCOj is
increasingly created by the reaction of CO, with CaO/
Ca(OH), at the elevated temperatures. At the exit of gasifier,
the mass fraction of CaCOj; decreases due to a decrease in
temperature. This trend is in accord with Lee’s experiment.®
It can also be seen that the higher pressure favors the CaO-
carbonation reaction and the mass fraction of CaCOs
increases by increasing operating pressure.

The change in the amount of tar content along the reactor
height predicted by the model is shown in Figure 17. As it
shows, a steep increase in tar species is initiated from the en-
trance of gasifier due to pyrolysis of the Volatile. When the
amount of tar content reaches a peak, it decreases due to
more tar cracking. Apparently, with increasing operating
pressure, tar is cracked more significantly, resulting in
increased yields of Char and light hydrocarbon gases. This
figure demonstrates the importance of pressure in tar re-
moval. The effect of pressure on tar production was also
reported by Lin et al.*' In their experimentation, the tar was
found to block the exhaust line at the atmospheric pressure
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Figure 14. Concentration profile of gas composition along the reactor height at different operating pressures.

and the continuous experiment could be running at the ele-
vated pressures. Wall et al.’ reported the same trend of tar
yields changes with pressure in a coal gasifier. Although Lin
et al.*’ reported the amounts of tar are reduced by CaO addi-
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Figure 15. Profile of H,S content along the reactor
height at different operating pressures.
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tion, the effect of CaO addition is not as significantly as that
of pressure. Moreover, the mechanism of tar decomposition
catalyzed by CaO/CaCO; is complicated. In this study, this
reaction mechanism is simplified and the mass fraction of
Ca0/CaCO;s is used to accelerate the tar decomposition rate.

Conclusions

A gas-solid model using kinetic theory was developed to
simulate the process of hydrogen production in an entrained
flow gasifier. The novel process of hydrogen production was
successfully achieved in one reactor by integrating gas pro-
duction and separation, and the associated endothermic and
exothermic reactions. An extended Multi-species of Solid
Phase (MSP) method was proposed to deal with many differ-
ent gas-solid reactions. The intrinsic rate equations were used
for the steam reforming of methane, accompanied by water-
gas shift reaction, which can reveal the mechanism of high
concentration of hydrogen production. The pollutants fixation
of CaO was taken into account by the MSP method. It is
shown that the characteristic of gas-solid heterogeneous reac-
tion zone is formed like core-annular structure at the fully
developed section of the vertical pipe. The feed injection

November 2008 Vol. 54, No. 11 AIChE Journal



zone at the bottom of gasifier is the most complex part,
where the contour of gas velocity is shown like flame shape,
and the gas temperature distribution is correlative to reveal
the similar pattern. Higher pressure is very helpful for the
absorption of CO, by the CaO to drive the equilibrium of
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Figure 16. Concentration profile of solid composition
along the reactor height at different operat-
ing pressures.

AIChE Journal November 2008 Vol. 54, No. 11

Published on behalf of the AIChE

0.12
—0o—1(), 1MPa
010 —o— |MPa
i —&— 3MPa
—— 5MPa
§ 0.08 s 6MPa .-’._!‘JJJ_&A:I-D—"-"*:“‘-"‘—"‘:'“-E-|:|—-|:|_m.J_:‘_m_uq_ﬁ
i o.
= o e
e OO0
006 ﬁ?{;—ﬂ;i’::‘d -ra—‘}d:s-qs-c-fkg% o
%ﬂ - Brdesy E
; g
s "
& ont fﬁ?%v‘“m Lﬁﬁ_ﬁ"‘*‘-g_ﬁ
r s ’ -y
;pf/p e e
e o] “ﬁ.%
é/ s e
@;. w‘*m
U.ﬂ'ﬂ‘ L il 1 1 L L L -ﬁ
00 02 0.4 0 0.8 ] 1.2 1.4 16 1.8
Height (m)

Figure 17. Profile of tar content along the reactor
height at different operating pressures.

water-gas shift reaction forward to produce high-purity
hydrogen. The entrained flow gasifier model also showed
good agreement with experiments on solid velocity, solid
volume fraction, granular temperature, solid viscosity, and
the concentration of exit components.

Future work will address the needs for making a reaction
model of no adjustable parameters for one-step hydrogen
production. Although the presented model here has proved
capable of quantitative prediction of Lin’s gasifier, it is not
convenient for industrial application due to excessive adjusta-
ble parameters. Therefore, a tremendous amount of experi-
mental and modeling works should be done to reveal the
quantitative relationship between Char and CaO/Ca(OH),,
and the influence of pressure on gasification mechanism.
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Notation

C = concentration
Cp.; = heat capacity, J/kg K
C4 = drag coefficient
D, ; = diffusion coefficient of the mixture, m%/s
D; ;= binary mass diffusion coefficient, m?/s
e = coefficient of restitution
g = gravity, m/s*
go = radial distribution function
H = specific enthalpy, J/kg
H; = enthalpy, J/kg
A\H;; = enthalpy of formation, J/kg
hgs = heat transfer coefficient, W/m2 K
Jo i = diffusion flux, kg/m2 S
KA, = kinetic rate constant
Kgpy = turbulent mixing rate constant
Kuom = homogeneous rate constant
ks = diffusion coefficient for granular energy, kg/m s
Nu = Nusselt number
Py, = shear production

DOI 10.1002/aic 2849



Pr = the continuous phase Prandtl number
p = gas pressure, Pa
QO = intensity of heat exchange between the gas and solid phases, W/
2
R = universal gas constant, J/kmol K
Re = Reynolds number
R, ; = net rate of production of homogeneous species i
R, = the heterogeneous reaction rate
r = volume fraction
S = source term
Sh = Shawood number
Sp, = associated stoichiometric coefficients of products
Sgr.; = associated stoichiometric coefficients of reactants
T = gas mixture mean temperature, K
Ty = reference temperature, K
U = the instantaneous velocity, m/s
u = the mean velocity, m/s
u' = the fluctuating velocity, m/s
w; = molecular weight, kg/kmol
X; = molar fraction
Y; = the mass fraction

Greek letters

o = mixture thermal conductivity, W/m K
y = dissipation of fluctuating energy, W/m>
n = the effectiveness factor
O, = granular temperature, (m/s)”
As = bulk viscosity, Pa s
1 = viscosity, kg/m s
p = density, kg/m’
T = stress tensor, Pa
D, = drag, kg/m® s

Subscripts

g = gas phase

i = the ith species
m = mixture

s = solid phase
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